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A systematic procedure that helps develop gas-solid and gas-liquid-solid catalytic flu-
idized-bed reactors has two components— screening and scale-up. In screening, a reac-
tor type is selected first from the variety of multiphase reactors. If fluidized-bed reactors
are chosen, further screening is carried out using experimentally verified models to ac-
count for the detailed hydrodynamic features of the reactor. Decisions are made on the
fluidization regime, heat management scheme, solid recirculation, use of reactor inter-
nals, and so on. In addition, heuristics are presented to anticipate and address issues
such as catalyst agglomeration, breakage and deactivation, and changes in the nature of
fluidization over the long term. The second component provides criteria to directly scale
up the bench reactor to the production reactor, while maintaining a selected reactor per-
formance index such as conversion, product yield, and selectivity.

Introduction

Fluidized beds have been used in many catalytic, as well as
noncatalytic, chemical processes. Examples include the oxi-
dation of naphthalene to phthalic anhydride, propylene am-
moxidation to acrylonitrile, hydrogenation of nitrobenzene to
aniline, Fischer Tropsche synthesis, and various kinds of fer-
mentation processes. Fluidized-bed reactors, which can be
operated in a variety of fluidization modes and configura-
tions as shown in Figure 1, are particularly attractive for re-
actions that are highly exothermic or with rapidly deactivat-
ing catalysts. There exists an extensive literature on fluidiza-
tion and fluidized-bed reactors, including several notable texts
and monographs (Davidson and Harrison, 1971; Grace, 1982;
Yates, 1983; Fan, 1989; Kunii and Levenspiel, 1991; Kwauk,
1994).

In a typical reactor development project, the proposed re-
action is first investigated by the chemist in a microreactor or
a bench-scale reactor (Ihara et al., 1996). At this stage, de-
spite the uncertainty regarding reaction kinetics, and poten-
tial limitations of heat and mass transfer, it is critical that the
best reactor type—not necessarily a fluidized bed—be iden-
tified. Kelkar and Ng (1998, 2000) developed a systematic
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procedure for screening a wide variety of multiphase reactors
at this early stage of process development. However, the cur-
rent procedure is not sufficiently refined to capture the com-
plex hydrodynamics in fluidized-bed reactors.

Irrespective of how decisions are made, if a fluidized bed is
selected, such a candidate reactor is further developed
through scale-up, along with modeling and simulations.
Bergougnou et al. (1986) discussed bubble size control, grid
design, entrainment and particle recovery systems, among
other aspects. Jazayeri (1995) proposed a step-by-step scale-
up program from the laboratory to the production reactor,
and addressed design issues such as those related to catalyst
particle size, degree of backmixing, and the effect of internals
in the bed. Matsen (1996) highlighted various difficulties in
fluidized-bed scale-up, caused by gas bypassing, solids back-
mixing, and malfunctions in solids flow due to particle ag-
glomeration, and so on.

Focusing on hydrodynamics, Matsen and Tarmy (1970) and
Zenz (1982) discussed scale-up criteria for fluidized beds in
the slugging regime. Glicksman and coworkers (Glicksman,
1984; Glicksman et al., 1993), and Horio and coworkers (1986,
1989) approached the problem from a more fundamental
viewpoint; scale-up criteria were developed to maintain hy-
drodynamic similarity in bubbling beds. None of these, how-
ever, considered the presence of kinetic or mass-transfer ef-
fects.
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Figure 1. Selected gas-solid catalytic fluidized-bed reactors.

This study has two objectives: screening and scale-up. The
screening procedure of Kelkar and Ng is expanded and re-
fined for fluidized-bed reactors. Experimentally verified
models are used to more accurately represent the complex
hydrodynamic features of the reactor (Grace, 1971, 1984; Ho-
rio and Wen, 1977; Fane and Wen, 1982; Yates, 1983; van
Swaaij, 1985; Chen and Too, 1986). For example, the division
and exchange of gas between phases for reactors operating in
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various configurations and flow regimes can be accounted for.
In addition, heuristics and quantitative measures are used to
tackle issues such as catalyst agglomeration, breakage, deacti-
vation, and change in fluidization behavior over the long term,
which are not easily amenable to modeling. The second ob-
jective is to provide criteria to directly scale up the bench
reactor to the production reactor, while maintaining a se-
lected reactor performance index such as conversion, product
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Figure 2. Development procedure for fluidized catalytic
reactors.

yield, or selectivity. This is demonstrated for gas-solid cat-
alytic reactors operating in the bubbling regime.

Figure 2 shows how these screening and scale-up methods
(in ovals) fit into a typical development program. The objec-
tives of each step in reactor development are also enumer-
ated. We focus on gas-solid and gas-liquid-solid catalytic flu-
idized-bed reactors in this study.

Screening

Conventional multiphase reactors are decomposed into
four building blocks: phase distribution attributes, topological
and geometrical characteristics, reactor constituent parts, and
transport and thermodynamic parameters. Basic information of
reaction kinetics and physicochemical properties of the sys-
tem forms the input to the screening procedure. The three
elements to the screening step include a hierarchy of reactor
models, an accompanying sensitivity model, and a knowledge
base consisting of heuristics and correlations on hydrodynam-
ics, heat, and mass transport.

In the preliminary screening stage, the reactor models have
to be sufficiently generic to represent a broad class of reac-
tors, including packed and trickle beds, fluidized beds, and
slurry reactors. The purpose of the model at this stage is not
to simulate the reactors in detail, but to distinguish between
different reactor types on the basis of reactor parameters, the
phase distribution, macroscopic mixing patterns in all phases,
and the geometry of the reactor. Network models as devel-
oped by Kelkar and Ng are used here because of their com-
putational convenience. Once a fluidized bed is chosen for
the reaction under consideration, further screening as well as
scale-up is based on models which better capture the hydro-
dynamics in such reactors (Wen, 1984).

A few representative models for gas-solid and gas-liquid-
solid fluidized-bed reactors are shown in Figures 3 and 4,
respectively. Figure 3a represents a pseudo-homogeneous
model. Figure 3b represents a two-phase model where the
gas bubbles form one phase, and the gas-solid emulsion forms
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Table 1. Models for Gas-Solid Fluidized-Bed Reactors

Pseudohomogeneous Model
dGy
—Us———€P,=0
dz
G, (0)=G]
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gas phase —UGd——kSaS(GA—SA)=O
z
G,(0=G]
ds,
solid phase 7U5d—+kSaS(GA75A)7eS<I>A=O
4

5,0=0

the second phase. The bubble phase carries part of the solids,
thus allowing reaction to take place in the bubbles. The two-
phase models of Orcutt, Davidson and Pigford (1962) and
Grace (1986) can be derived as simplifying forms of this
model. Figure 3c represents the three-phase bubbling bed
model of Kunii and Levenspiel (1991), which considers the
bubble wakes as a separate phase apart from the bubble and
emulsion phases. The bubble size, which is assumed to be
constant throughout the bed, is used to correlate other pa-
rameters such as the gas exchange coefficients. The selection
of a particular model from the above hierarchy depends on
the characteristics of the particular reacting system, as well
as on the accuracy of the physicochemical data available about
the reacting system.

These models are illustrated with balance equations for the
gas-phase reactant A for a single solid catalyzed reaction A
— products (Table 1). Starting with information about the
particle size, density, total catalyst loading, and the height to
diameter ratio under packed conditions, the hydrodynamic
relations provided in Table 2 may be used to determine bed
characteristics such as the expanded bed height, bubble di-
ameters and velocities in the bed, the bubble to emulsion
phase gas transfer coefficient, and so on.

Similarly, Figure 4a represents a pseudo-homogeneous
model for a three-phase fluidized-bed reactor. A model con-
sisting of gas bubbles, and an emulsion phase of solids and
liquid is shown in Figure 4b. This is a simplified version of
the well-known three-phase model by Bhatia and Epstein
(1974) (Figure 4c). The three phases are the gas bubbles, the
wakes which may carry some solids, and the liquid-solid flu-
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Table 2. Hydrodynamic Relations for Gas-Solid Fluidized-
Bed Reactors

General
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idized emulsion phase. The balance equations for the gas-
phase reactant A for a single solid catalyzed reaction 4 —
products for all the models are given in Table 3. The relevant
relationships are given in Table 4.

A sensitivity model as discussed by Kelkar and Ng accom-
panies the reactor model; it quantifies the impact of model
parameters on the reactor performance. Based on sensitivity
analysis, the appropriate attributes and constituent parts of
the building blocks are aggregated to generate multiphase re-
actor alternatives. The decisions to be made during the
screening procedure are discussed below.

Phase distribution attributes

Packed or Fluidized Solid Phase. The first major decision
in synthesizing solid catalyzed reactors is whether to have the
solids fixed (packed bed, trickle bed) or in motion (moving or
fluidized bed). This decision is conventionally made using
heuristics (Krishna and Sie, 1994), some of which are shown
in Table 5. However, this can lead to conflicting decisions
regarding process development. For example, consider oxida-
tion of butane to maleic anhydride. The conventional tech-
nology for this process is based on the fixed-bed reactor.
However, technologies based on the bubbling fluidized bed
(BP and Alusuisse-Lummus) and the riser reactor (DuPont)
are also available. Similarly, the ammoxidation of propylene
to acrylonitrile can be carried out using SNAM Progetti’s
fixed-bed process, or the fluidized-bed process from SOHIO
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Table 3. Models for Gas-Liquid-Solid Fluidized-Bed

Table 4. Hydrodynamic Relations for Gas-Liquid-Solid

Reactors Fluidized-Bed Reactors
Pseudohomogeneous Model General
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Note: Equations for the Bhatia and Epstein model (Figure 4c) are not r 003
presented. =(4.4+18d,/D)Re; " 0.1<Re, <1
=(4.4+18d,/Dy)Re; ™! 1< Re, <200
=4.4Re; ! 200 < Re, < 500
(Weissermal and Arpe, 1993). The screening procedure makes =24 Re, > 500
. .. . . . i
this .deq‘smn systematically, by identifying the rate process _a )4 U, a -
dominating the overall reactor performance. S=UTEN TN &
Catalyst Particle Size and Size Distribution. A proper selec- "™ '
tion of the catalyst particle-size distribution is essential to en- (U (1= )i~V
sure good bed fluidity, small sized bubbles, good heat-trans- “\u e
fer and gas-solid contact, and ease of solids flow. Jazayeri H, r€5
(1995) made suggestions regarding selection of the catalyst H= €

particle-size distribution. Although the mean particle size is
selected based on the relative magnitudes of the gas-solid
mass-transfer resistance and the intraparticle diffusion resist-
ance, the particle-size distribution can be suitably modified
to achieve the desired fluidization characteristics. Of course,
it should be such that the operating velocity is higher than
the minimum fluidization velocity of the largest particle, while
the elutriation rate for the smallest particles is within accept-
able limits. Some important recommendations regarding par-
ticle-size distribution selection are given below.

e Group A particles according to Geldart’s classification
exhibit a smooth fluidization behavior. If this is desirable, the
average particle size needs to be decreased as the particle
density increases, to stay in the group A behavior.

e The use of about 20-30% of fines (particles with d,, be-
low 40 pwm) improves gas-solid contact and hence leads to
higher conversions. However, a higher fines content requires
a good cyclone design accompanying the fluidized bed to limit
particle carryover.

e Catalyst attrition is an important concern, as it causes a
change in the size distribution and increases the load on the
solids recovery system. Attrition tests should be carried out
to ensure that the nature of fluidization is acceptable over
the entire duration of a production cycle (Carson and
Marinelli, 1994).

Bubbling or Bubble-Less Fluidization. This decision is im-
portant because bubbling causes extensive gas bypassing, and
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is unfavorable unless the gaseous reactant is present in ex-
cess. Bubbling fluidization includes the bubbling, slugging,
and turbulent regimes, while bubble-less fluidization includes
the fast fluidization regime, also referred to as dense phase
riser transport, and dilute phase riser transport. The impor-
tant characteristics of the above fluidization regimes are de-
scribed in Table 6. Phase distribution and transport parame-
ters such as the phase holdups and the mass-transfer coeffi-
cients also vary significantly with the type of fluidization
regime. The typical ranges of selected parameters observed
in different regimes for gas-solid and gas-liquid-solid flu-
idized beds are given in Tables 7 and 8, respectively.

Level of Backmixing of Gas and Solid Catalyst. The accept-
able level of axial dispersion depends on the reaction system
under consideration (Jazayeri, 1995). For example, the iso-
merization reaction in fluid-catalytic reforming is adversely
affected by backmixing of reactants and catalyst, whereas the
fluid-catalytic cracking reactions are such that the reaction
yield is not significantly affected by backmixing. Thus, the
appropriate fluidization regimes for the above reaction sys-
tems may be the transport regime and the bubbling regime,
respectively. An analysis of the reaction scheme in the
screening procedure identifies the acceptable level of back-
mixing. For generic models such as tanks in series models or
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Table 5. Heuristics for Selecting between a Packed and
Fluidized Mode of Operation

Table 6. Characteristics of Different Modes of Gas-Solid
Fluidization

e [f the characteristic time for catalyst deactivation is of the
order of 1 year, a fixed-bed operation is preferred. If the
deactivation time is of the order of 1 h, then a fluidized mode
of operation is required. For intermediate cases, a swing oper-
ation involving more than one reactor may be considered.

e For highly exothermic reactions, consider fluidized mode of
operation. It has much higher rates of heat transfer, and heat
can be removed by circulating solid particles into and out of
the reactor.

e For reaction kinetics favored by plug flow, consider a packed-
bed operation, or an operation in the transport fluidization
regime. For kinetics favored by mixed flow, consider bubbling
fluidized-bed operation.

® For fast reactions which may face intraparticle diffusion prob-
lems, consider fluidized mode of operation, because it allows
much smaller particles than a packed bed.

e For catalyst systems which are difficult to fluidize (such as
titanium), or are very expensive, avoid fluidized mode of oper-
ation.

® For reactions producing nonvolatile residues in gas-solid sys-
tems (such as hydrodesulfurization of petroleum residues),
avoid packed-bed operation because it may lead to plugging
(choking) of the bed.

® For reaction systems in which agglomeration of catalyst parti-
cles is likely to occur (such as due to wax condensation in
Fischer Tropsche synthesis), avoid fluidized-bed operation.

the axially dispersed flow model, the degree of backmixing
can be adjusted using appropriate parameters: the number of
tanks in the former, and the dispersion coefficient in the lat-
ter.

Reactor constituent parts

These include bubble-emulsion interface generating de-
vices such as gas distributors and various types of baffles
which break the bubbles into smaller sizes; devices to en-
hance gas or solid circulation (such as draft tubes), or devices
to limit circulation and backmixing of solids and gas (such as
horizontal baffles which divide the reactor into stages); de-
vices for heat management such as horizontal and vertical
tubes; devices used to control or improve fluidization behav-
ior such as vibrating or stirring equipment, or high velocity
jet attritors to improve fluidization of cohesive particles; and
devices forming part of the solids recovery and recirculation
system such as cyclones, diplegs, nozzles, internals placed
above the bed surface to limit particle carryover, and so on.
Of course, a particular internal may serve more than one of
the above purposes simultaneously. For example, immersed
horizontal and vertical heat-transfer tubes may be designed
to simultaneously act as bubble stabilizers. Harrison and

(1)  Bubbling Bed (Figure liii).

® High gas-solid interfacial area.

® Considerable back-mixing in the emulsion phase, leading to a
uniform temperature in the bed.

e Considerable bypassing of gas through the bubble phase.

® [ow gas velocity and hence gas treating capacity.

(2) Turbulent Fluidization (Figure liv).

® Good gas-solid contact.

® [ower gas back-mixing but higher solids mixing than in bub-
bling beds.

(3) Fast Fluidization (or Dense Phase Transport) (Figure 1vi).

e Continuous entrainment of solids from the bed. By adjusting
the rate of solid recirculation into the bed, a high solids con-
centration in the bed can be achieved. Higher throughputs
possible.

® [ower back-mixing, and better gas-solid contact than in bub-
bling and turbulent beds.

® Suitable for cohesive or sticky materials.

® Dust control may be a problem.

® For coarse particles, transport of solids may be a problem.

(4)  Dilute Phase Transport

® Flow of gas as well as solids is close to plug flow.

® Low solids concentration in the bed, and hence a lower reac-
tion rate per unit bed volume. Suitable for fast reactions, or
low conversions.

® May exhibit temperature gradient along reactor length.

(5) Spouted Beds (Figure 1v)

® Suitable for coarse particles (d, >1 mm), and sticky materials,
for which it offers much better gas-solid contact than in con-
ventional fluidized beds.

e Spout is useful in breaking up clusters of sticky particles, and
the ash formed on solids.

e Offers lower pressure drop than packed beds.

e Limitations on gas throughput and particle sizes which can be
handled.

Grace (1971) reviewed the characteristics of various types of
tubes and baffles commonly found in fluidized-bed reactors.
Papa and Zenz (1995) provided a simplified equation to de-
sign structured reactor internals in the fluidized-bed reactor
to achieve close-to-plug flow.

Topological and geometrical characteristics

These include information about the overall shape and ge-
ometry of the reactor, such as the bed aspect ratio, the man-
ner of contacting the phases, and so on. For freely bubbling
beds, a higher aspect ratio usually implies larger bubble sizes,
higher gas bypassing, and hence a lower gas-phase conver-
sion. However, even for beds with internals where the bubble
size can be controlled, very shallow beds (H/D, <1) can lead
to excessive gas bypassing. The contacting patterns for gas-
solid fluidized beds include: batch solids with gas being con-

Table 7. Phase Distribution Attributes and Transport Parameters for Packed- and Gas-Solid Fluidized-Bed Reactors

Dilute Spouted
Packed Bubbling Turbulent Fast Beds Transport Beds
d, 3-5mm 50-250 um 50-2,500 pm 30-500 um 10-250 um usually > 1 mm
€ 0.5-0.6 0.3-0.5 0.2-0.3 0.05-0.25 0.02-0.1 —
Ui (m/s) — 0.01-0.2 0.4-45 2-8 — 0.3-1.8
kg (m/s) 0.001-0.2 0.01-0.02 — — — —
Uy (W/m?-K) 8-1,200 50-800 100-800 50-150
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Table 8. Phase Distribution Attributes and Transport
Parameters for Trickle-Bed and Gas-Liquid-Solid
Fluidized-Bed Reactors

Trickle Bed Bubbling Fluidized Bed
d, 3-5 mm 50-500 um
€ 0.4-0.6 0.1-0.5
€ 0.1-04 0.05-0.2
€ 0.1-0.4 0.45-0.8
kg (m/s) 2x107°-1x1073 5x107°%-2.5%x1073
kpa(s™h 0.005-0.1 0.01-0.14
U,ann (W/m?-K) 500-2,000 1,000-4,500

tinuous (Figure 1iii), cocurrent upflow contacting (Figure 1vi),
cross flow contacting with either the gas or the solids in cross
flow (Figure 1vii), countercurrent or staged countercurrent
contacting (Figure 1viii), and a circulating solids system (Fig-
ure 1lix). Countercurrent contacting maximizes gas conver-
sion, while cross flow contacting with solids in multiple stages
is suitable for gas-solid reactions where high solid conversion
is required, and the gaseous reactant is relatively inexpensive.
Also, the gas-phase pressure drop in countercurrent opera-
tion is higher than that in cross flow operation (Varma, 1975).
For gas-liquid-solid fluidized beds, the available contacting
modes include both upflow and downflow, co- and counter-
current contacting, with solids being charged independently
or along with the liquid phase. These modes were examined
in detail by Fan (1989).

After preliminary screening, reactor alternatives are fur-
ther evaluated using more detailed models. The relative im-
portance of hydrodynamic vs. kinetic effects determines which
model is needed to better represent the reactor. For slow
reaction rates (such as a first-order rate constant based on
catalyst volume < 1 m3/mol-s), the hydrodynamics has little
impact on the reactor performance, and a simple pseudo-
homogeneous model may be adequate. For faster reactions,
two- or three-phase models may be required. Thus, for a
gas-solid catalytic reactor, the high superficial velocity and
the absence of bubbles in turbulent and fast fluidized beds
suggests the use of a single- or a two-phase plug flow model
for such reactors (Fane and Wen, 1982). The two-phase bub-
bling bed model (Figure 3b) appears to give a good represen-
tation of the performance of bubbling fluidized-bed reactors
(Grace, 1986). For a three-phase fluidized-bed reactor, the
three-phase model (Figure 4b) may be used for transport re-
actors where the superficial velocities are high. Bhatia and
Epstein’s (1974) three-phase bubbling bed model can be used
to represent a three-phase fluidized bed operating in the
bubbling regime.

Along with the reactor models, another component of the
screening step is a knowledge base which guides the user to
consider issues which may not be apparent in the bench-scale
or pilot-plant reactors, but which may cause problems in the
production reactor. These are the issues which arise during
long-term operation of the reactor at reaction conditions. For
example, Whitehead (1971) discussed problems associated
with distributors in large-scale reactors. Heuristics to deal
with these operational problems are given in Table 9.

Reactor screening as described above leads to a desirable
reactor type, as well as the desired mode of operation and
the flow regime. The next step is to scale up the reaction
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Table 9. Heuristics Related to Operational Problems in
Commercial-Scale Fluidized Beds

Problems Caused by Reactor Internals

e [f the gas distributor grid’s hole pitch is too large, solid dead
zones may form. The agglomerated solids may cause improper
fluidization, lead to undesirable selectivity (if catalyst), or burn
(if carbonaceous) resulting in high temperatures on the grid.

e If the pressure drop across the grid decreases, it may lead to
plugging of the grid, or weeping of solids through the grid
holes. These solids may burn or react leading to high temper-
atures near the grid, which can be damaging to the grid.

® Horizontal baffles across reactor cross-section may decrease
the axial solids mixing leading to temperature gradients along
the bed height, both of which may adversely affect selectivity.

e Baffles increase the overall pressure drop over the reactor
length, and may also make it difficult to achieve fluidization in
all stages.

e Baffles may create pockets of low solids region, which in oxi-
dation reactors may lead to uncontrolled burning.

® In multistage units, fine solids entrained by gas may block the
distributor of the next stage. Frequent cleaning may be re-
quired.

® Immersed tubes in small diameter beds may lead to slugging.
Also, coolant leaking from bent or cracked tubes may inter-
fere with the reaction chemistry.

Problems Caused by Agglomeration, Adhesion or Clustering of Solids

e The solid particles in the reactor may agglomerate in the
presence of a feed liquid, such as in fluid coking and fluid bed
calcining.

® Agglomeration of temperature sensitive solids may occur dur-
ing shutdown when the reactor temperature is still high but
the particles are not fluidized. Periodic fluidization with gas
while the reactor cools will prevent this.

® Agglomerated solids may bog, causing improper fluidization,
and leading to poor gas-solid contact.

® Agglomerated solids may plug valves, pipes, or grid holes in
the reactor. They may form incrustations on the walls and on
heat-transfer surfaces, leading to a lowering of the heat-trans-
fer efficiency.

® Agglomerated catalysts may decrease catalytic activity, possi-
bly changing the product distribution.

Problems Caused by Particle Breakage or Elutriation

e Attrition or particle breakage may change the size distribution
of the catalyst and possibly change the fluidization behavior.

® Excessive particle carryover creates a greater load on the solids
recovery system, leading to its failure.

e A tall freeboard region to allow for particle separation may
cause promotion of side reactions. For example, in the ther-
mal cracking of naphtha, ethylene and propylene may decom-
pose in the freeboard.

from bench reactor to pilot plant, and then to the production
reactor, along with more rigorous simulations. A scale-up
method is discussed below.

Scale-Up

A large number of scale-up rules have been suggested in
the literature. Glicksman (1984) identified a set of nondimen-
sional parameters by nondimensionalizing the governing
equations of motion for the fluids and the solids in a flu-
idized bed. Surface forces, as well as reaction and heat-trans-
fer effects were ignored. If two beds are designed and oper-
ated to have identical values of all independent nondimen-
sional parameters, then the dependent variables of the two
beds must also be identical at every location within the bed,
and hydrodynamic similarity is said to be achieved. More re-
cently, Glicksman et al. (1993) proposed a simplified set of
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dimensionless variables which relax some constraints on the
dimensions of the small-scale reactor model, and hence allow
greater flexibility in model design. The simplified set of di-
mensionless parameters to be held constant for hydrody-
namic similarity are as follows

Uz p U, L G
_G,_G,_G’_l,_s’gb,and (1)
&Dr  ps Umf L, psUs

the dimensionless particle-size distribution.

In the region of low Reynolds number, where viscous forces
dominate over inertial forces, the ratio of gas to solid density
need not be matched, except for beds operating near the
slugging regime. Horio et al. (1986) suggested a similarity rule
which is valid in the viscous limit. The rule states that hydro-
dynamic similarity in a base model and a reactor model m
times larger is obtained when (a) the geometrical and topo-
logical attributes of the bed, such as the bed diameter (D),
height (H ), distributor orifice diameter (P,), orifice pitch (d,,)
and so on, are changed in the same proportion, that is

Dy P, d, d,
m=—"T-_t__t__0 )
Dy P} d, dj

where the superscript s refers to the smaller bench-scale
model, and the superscript [ refers to the m times larger pro-
duction scale model; and (b) the minimum fluidization veloc-
ity U,, and the gas superficial velocity U scale as the square
root of the scale ratio m. In other words

1
Uy (Ug=U,y)
e S S T

- . 3
s (Ug = Upy) ©)

Based on the simple hydrodynamic model given in Table 2,
the similarity rule leads to the following equalities

el € vt u wt! X FL. s
— - = F=_s=‘/m, —=m’, andF=m/2
€ € G U wit G

C))

The above rules for hydrodynamic similarity have been val-
idated by several studies which compared the bubble size and
frequency, the amplitude of pressure fluctuations, the verti-
cal voidage distribution, and so on. Horio et al. (1986) also
examined how the gas interchange coefficient k,,a scales with
a scale change. According to the correlation by Davidson and
Harrison (1963), the interchange coefficient is given by

DV2gVe,

U,.s
d15)/4 (5)

b

€p
kp.a=4.5 +5.85

The first term in the above correlation represents the convec-
tion term and the second represents the contribution due to
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gas diffusion. Using the scaling relationships 1 to 4, it is seen
that the convection term remains constant, whereas the diffu-
sion term changes with a scale change. Horio defined a pa-
rameter B which represents the ratio of the diffusion term to
the convection term in the correlation for k,,a

DV2glt

B=——u (6)

4
Umfdb/

For B <0.1, the bubble-dense phase mass transfer is domi-
nated by convection, whereas for 8 > 10, the contribution due
to diffusion dominates. Also, B itself scales proportional to
m~ ¥4, that is, the relative importance of diffusion in the bub-
ble-dense phase mass transfer decreases as the reactor size
increases.

In order to understand how the gas exchange, as well as
the reactor performance such as the conversion or product
distribution, will change as one scales up a bench reactor to a
production reactor, we will use a dimensionless reactor model,
and examine how the dimensionless parameters vary with a
scale change. If all the dimensionless parameters in the reac-
tor model are kept constant with a scale change, a similarity
in the reactor performance is expected. The model used here
is the two-phase model with both the bubble and the emul-
sion phase in plug flow (Table 1). The reaction is assumed to
be first order in A. The model is reproduced below in dimen-
sionless form

dG _ _ €,€ps | —
—fbd—;—Nm(GA—EA)—M( )GA 0 ()

€s
dE , _
_(1_fb)ﬁ + Nm(GA - EA)

N (1- eb)(l— emf)

r

EA =0 (8)
€s

with boundary conditions: at Z =0, G,(0)=E (0)=1

Here, Z is the dimensionless distance along the reactor
height, and G, and E ,, are the dimensionless concentrations
in the bubble and the dense phases, respectively. N,, and N,
are the dimensionless mass transfer and reaction numbers
given by

ky.aH
n= ©)
G
N, ko He 10
r U(,‘ ( )

Assuming that the bench-scale reactor operates at the same
temperature and pressure as the production reactor, the re-
action rate constant k, is the same in both. Then, using the
earlier scaling relationships, it is found that

N!=Vm N} (11)
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For the dimensionless mass-transfer number N,,, we can ex- bubbles are devoid of any solids (e,;=0), and the bubble

amine two cases as was done for the gas interchange coeffi- phase carries most of the gas (f, = 1), analytical expressions

cient k,, can be derived for the gas conversion, and product yield and

If selectivity, for common reaction schemes such as single, par-
B <0.1, . . . .

allel and consecutive reactions. These are given in Table 10,

(12) and are seen to be functions of only the dimensionless reac-

tion and mass-transfer numbers appearing in the model. For

It B> 10, achieving similarity in a particular performance index during

scale-up, the analytical expressions for the performance in-

NS dex for the small-scale, as well as the large-scale, reactor, are

N} = —3”'/4 (13) equated. Then, the appropriate scale-up criteria can be iden-

m tified by taking into account the variation of various dimen-

sionless parameters with the reactor scale. The use of more

complicated models necessitates numerical solutions. This is

discussed in more detail in the examples on scale-up below.

m

From Egs. 11-13, it can be seen that in the production
reactor, the reaction number increases by a factor of Vm s
whereas the mass-transfer number, at best, stays the same,
and, at worst, decreases by 2 to 8 times for m going from 2 to

16. Obviously, the reactor conversion and product distribu- Examples

tion will change as the reactor scale increases. It is interest- Example 1 discusses preliminary screening for a reaction
ing to examine whether a modification of scaling laws may scheme including catalytic and noncatalytic reactions. Exam-
allow a similarity in reactor performance to be maintained. ple 2 illustrates the detailed screening procedure for a gas-
For this, a suitable performance index (such as the conver- liquid reaction catalyzed by a solid. Example 3 considers the

sion for single reactions, or the yield or the selectivity to the scale-up of a single solid catalyzed reaction, where it is de-
desired product for multiple reactions) needs to be chosen. If sired to keep the conversion of the gaseous reactant constant.
we consider the following simplifications to Eqs. 7 to 10—the Example 4 involves scale-up of a parallel reaction scheme,

Table 10. Conversion, Yield, and Selectivity Expressions for Common Reaction Schemes Using the Simplified Two-Phase

Model
LN 1 N.N,,
—_— =1- _
X4 exp NN,
k- p ) ( Nm(er"'er))
A< xy=1l-exp| - ———
P 4 Ny + Ny + Ny
Ny N, (N1 + N;5)
e b | R ] v v v
i1+ Nyo Np+ N, +N,
oo N
PUANL+N,
kvi kv2 N, Nl
4A—>P—X xy=1—exp _.Iv;an;\Jrl)
_ ]\Jrl e _ NmIVrZ e _ Nli
SR VTP 2§ R W VA 2 B R AR A
NZ(N,; = N,2)
exp -
IV;-l (Nm + Ivrl)(Nm + MZ)
P\ NN, (MMI)
exp| —— | -
N, + N,
kvl kVZ
A~ psx

N, (N1 + N;3)
xA=1—exp(-—-——Nm+Ml+M3)
el ) )
Ni=Ny+ N3 Np+ N,y Ny +Ny+ N
m( Na(Ny =Ny + N,3) y
SP_( N,y ) (N + N)(N, + Ny + N3)
Ni=Na+ N exp(— Ny(Nyy + N,3) )_1

kﬂ\—)X

Ny + N+ Ny
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with the product yield being the desired performance index.
Example 5 considers both the screening and the scale-up steps
for the catalytic oxidation of o-xylene to phthalic anhydride.

Example 1: homogeneous and solid catalyzed gas-gas
reactions

Consider the following multiple reaction scheme

k

A+B——P Rate = k, AB
k

A+P—5X, Rate = k, AP

k3
Ayt Bigy—— Xy, Rate=k; A, By,

Here, the gaseous reactants 4 and B react on the surface of
the catalyst to form the desired product P. A further reacts
with P to form the undesired byproduct X;. Also, at a high
temperature, 4 and B can react homogeneously in the gas
phase to form another undesirable byproduct X,. All reac-
tions are highly exothermic. The feed temperature is 500 K,
while the coolant stream is available at 375 K. The reaction
rate constants as functions of temperature, and the heats of
reactions are given in Table 11a. The screening procedure to
identify suitable reactor types for the above reaction can be
described in the following steps.

Step 1: The yield of P, defined as the [amount of P
formed]/[amount of B charged] is chosen as the performance
index.

Step 2: Generic Model. A network of tanks in series is cho-
sen to model the reactors (Kelkar and Ng, 1998, 2000). The
heat transfer topology consists of internal, external, inter-
stage, as well as heat transfer by circulation of solids from the
reactor.

Step 3: Sensitivity Model. The parameters of interest are
the gas-solid mass-transfer coefficient kg, the particle diame-

ter dp, the reactor temperature 7', and the number of tanks
N in the model.

Step 4: Generate Base Case. A packed-bed reactor with
minimal heat removal is chosen as the base case for this reac-
tion (Table 11a). A constant gas-phase residence time of 60 s
is maintained during the screening.

Step 5: Screen Parameters. The results of the screening
procedure are shown in Table 11b. The performance index is
shown in column 2, while the selectivity of P with respect to
A is shown in column 3. The parameters kg, d,, and the high-
est temperature in the reactor Ty, along with their sensitiv-
ity to the performance index, are shown in the remaining
columns. The sensitivity ¥ is the ratio of the percentage
change in performance index to the percentage change in the
parameter of interest which produces it. The last column
identifies the corresponding reactor type for each iteration.

For Iteration 1, the yield of P is very low (yp = 0.06). This
is because of the extremely high temperature within the reac-
tor, which essentially amounts to a thermal runaway (7}, =
1,200 K). The activation energies indicate that a temperature
increase favors the undesirable reactions more than the de-
sired reaction. The dominant sensitivity is that with respect
to the reactor temperature (W(T)=—16.9), indicating that
heat removal is the key issue. In iteration 2, we consider a
turbulent fluidized mode of operation (Figure 1iv), which
shows much better heat- and mass-transfer characteristics.
Simultaneously, the number of tanks in the model is de-
creased from 10 to 1, the catalyst diameter is reduced to 250
pm, and the gas-solid mass-transfer coefficient is doubled to
reflect the typical values observed in the fluidized mode of
operation. A fluidized reactor with an internal heat transfer
area of 15 mz/m3, which is on the higher side, achieves a
yield of 0.53. However, due to the limited heat-transfer area
available within the reactor, there is still a significant temper-
ature rise across the reactor (7}, = 629.3 K).

Table 11. (a) Base-Case Parameters for Example 1: a Catalytic and Homogeneous Gas-Gas Reaction; (b) Sensitivity Analysis
for Example 1

(a)
F; 0.1 m%s k, 0.004 ¢ = 24900RT (13 /kg - 5) - (m*/mol)
TG 60s k, 4 ¢~ 80000RT (133 /kg - 5) - (m>/mol)
€; 0.4 ks 2x107 e 7 120000RT 13 /mo] -5
€ 0.6 Feed conditions
kg 1X1073 m/s G, 100 mol/m?
AH, —2x10° J/mol B 80 mol/m?
AH, —1x10° J/mol Tieeq 500 K
AH, —1x10° J/mol oolant 375K
(b) kg d, Thioh N
™ _ (pm) _ (K _
Yield Selectivity v v v Corresponding reactor
of P  of Ato P (kg) d, (T) type
0.0005 3,000 ~ 1,200 10 Packed reactor with
1 J/ \L \L internal heat transfer
0.06 0.06 0.014 —0.028 -16.9 (a, =1m?m?)
0.001 250 629.3 1 Fluidized reactor with
2 internal heat transfer
0.53 0.56 0.0031 —0.0015 -3.0 (a, =15 m*/m?)
0.001 250 512 1 Fluidized reactor with
3 15% of solids,
0.73 0.93 0.0032 —0.0016 —0.46 circulating.
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A much more efficient way of managing the heat of reac-
tion would be to use a circulating solids system. This allows
much higher rates of heat transfer because of the high heat
capacity of the solids. Iteration 3 therefore considers a reac-
tor in the fluidized mode, with 15% of reactor solids being
circulated continuously. This leads to an operation which is
close to isothermal (T}, =512 K). The yield of P is 0.73,
with a selectivity of 0.93, both of which are a considerable
improvement over that observed in the base case reactor.

Step 6: Identify Reactor Type. The above set of parameters
indicate a bubbling fluidized-bed reactor with a 40% solid
holdup and a high gas-solid mass-transfer coefficient, and a
continuously circulating solid phase (Figure 1ix). The circu-
lating catalyst particles may be regenerated in a separate flu-
idized vessel in case any catalyst deactivation takes place, and
may be cooled to the feed temperature, before recycling back
to the reactor.

Example 2: parallel gas-liquid reaction catalyzed by a solid

Consider a thermally neutral, solid catalyzed, parallel reac-
tion scheme between a gaseous reactant A4 and a liquid reac-
tant B as shown below

k
A+B——>P rate =k, A

A+BL0X rate=k,A

The kinetic information is given in Table 12a. The objective
is to synthesize a three-phase catalytic reactor which maxi-
mizes the yield of desired product P.

Step 1: The yield of P, defined as the ratio [amount of P
formed]/[amount of B reacted] is chosen as the perform-
ance index.

Step 2: Generic Model. A network of tanks in series is cho-
sen to model the reactions. Depending on the number of tanks
in the model and values of other parameters such as phase

distribution and transport attributes, a whole class of three-
phase catalytic reactors, from packed beds on the one hand,
to transport reactors on the other hand, can be macroscopi-
cally represented by such a model.

Step 3: Sensitivity Model. The parameters of interest are
the gas-liquid and the liquid-solid mass-transfer coefficient
k;a and kgag, respectively, the reaction rate constants, the
particle diameter d,, the catalyst effectiveness factors, the
catalyst loading, and the number of tanks N in the model.
Note that although the transport parameters may depend on
the phase distribution parameters, they are treated as mathe-
matically independent in the sensitivity analysis for reasons
described previously (Kelkar and Ng, 1998).

Step 4: Generate Base Case. A packed-bed reactor (Figure
1i) is chosen as the base case for this reaction. The reactor
screening is done based on a constant reactor volume of 0.25
m?>. The base case parameters are summarized in Table 12a.

Step 5: Screen Parameters. The results of the screening
procedure are shown in Table 12b. The parameter k,a is
shown in column 3. Gas-liquid mass transfer is not control-
ling at any stage; hence, ¥ (k, a) is not shown. Parameters
kgsag, d,, m;, and w, along with their sensitivity to the per-
formance index, are shown in the remaining columns. [The
sensitivity to effectiveness factors is indicated indirectly by
the sensitivity to the catalyst particle diameter, T(dp).] The
reaction rate constants and their sensitivity coefficients are
not shown for reasons of clarity. Similarly, the effectiveness
factor for the undesirable reaction 7, is higher than that for
the desired reaction, and is not shown. The last column iden-
tifies the corresponding reactor type for each iteration.

For the packed reactor, the yield of P is 0.37, while the
selectivity ratio of P to X is 6.37 (not shown). The desirable
reaction suffers from severe diffusion limitations (n; = 0.0046)
with the corresponding sensitivity coefficient being the high-
est [T(dp = —0.8]. The next largest sensitivity coefficient is
that with respect to the solid-liquid mass-transfer coefficient
[W(kgag)=0.61]. The effectiveness factor, as well as the

Table 12. (a) Base-Case Parameters for Example 2: a Solid Catalyzed Gas-Liquid Parallel Reaction Scheme; (b) Sensitivity
Analysis for Example 2

(a)
Fg 0.04 m®/s ky 0.200 m%/kg-s
F, 0.001 m%/s ky 0.005 m%/kg s
V 0.25 m® Feed Conditions
€ 0.2 Gy 40 mol/m?
€ 0.6 Gy 1,500 mol/m?
kg 5x107° m/s Gp, Gy 0 mol/m*
kpa 0.1s7!
(b) kpa kgag d, m w N
™Y 67H  (pm) o kgm’)
Yield v v ¥ (w) Corresponding
of P (kgag) (d,) reactor type
0.1 0.06 3,000 0.0046 1440 8
1 Trickle-bed
0.37 ‘L 0.61 -0.8 ‘L 0.024 \l’ reactor
025 0.2 50 0.25 24 1
2 Stirred slurry
0.52 ‘|’ 0.64 ‘J’ —0.74 ‘|’ 0.1 ‘]’ reactor
0.15 0.72 250 0.027 720 2
3 Three-phase
0.68 0.17 —-0.20 0.014 fluidized bed
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Figure 5. Dependence of reactor performance on cata-
lyst diameter for Example 2.

mass-transfer coefficient, can be improved by decreasing the
catalyst particle diameter. However, the current particle di-
ameter of 3 mm is near the lower limit of what can be used in
a packed-bed reactor, due to considerations of pressure drop.
Hence, in iteration 2 we shift to a mode of operation where
solids are the dispersed phase, such as in a slurry reactor.
The catalyst diameter d, is reduced to 50 wm, and the cata-
lyst loading and the gas-liquid mass-transfer coefficient are
similarly changed to reflect typical values for slurry opera-
tion. These changes are shown by downward pointing arrows
in the table. Iteration 2 shows an improved yield of 0.52 and
selectivity ratio of 11.8 (not shown), and a higher effective-
ness factor for the desirable reaction. The dominant sensitiv-
ity coefficient is still that with respect to the particle diame-
ter [W(d p) = —0.74]. However, d , is close to the lower limit
which can be used in a slurry mode of operation. Of the other
parameters, kgag cannot be changed independently of d,,
while k;a is close to the higher limit for slurry reactors.
Therefore, the only way to increase productivity further is to
increase the catalyst loading [W(w) = 0.1]. We note here that
a fluidized mode of operation allows a much higher catalyst
loading while maintaining a small particle diameter. Clearly,
two opposing effects are at play here. A smaller catalyst par-
ticle diameter achieves a higher catalyst effectiveness, but also
implies a lower catalyst loading. The tradeoff between the
catalyst effectiveness and catalyst loading is illustrated in Fig-
ure 5 which shows the yield of P, the effectiveness factors for
the desirable reaction, and the solid holdup in conventional
three-phase reactors for different catalyst particle diameters.
The yield of P is maximum for a catalyst diameter and a
solid holdup which is typical of a fluidized mode of opera-
tion. In the third iteration we switch to a fluidized mode,
with d,, and w changed suitably. The yield of P improves to
0.68, which is a considerable improvement over the base case
reactor. The selectivity ratio at this stage is 6.6 (not shown).

Step 6: Identify Reactor Type. The above set of parameters
indicate a three phase fluidized-bed reactor (Figure 1iii) with
a solid and liquid holdup of 0.3 and 0.5 respectively, and a
catalyst diameter of 1 mm. The exact flow regime of opera-
tion will be determined as described below.

As pointed out before, separate models are required to
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Table 13. Results for a Bubbling Fluidized-Bed Reactor

(Example 2)

H 0.738 m Yield of P 0.744
D, 0.65m X4 0.80

, 250 wm P/X 7.02
Us 0.118 m/s Gy 7.83 mol/m?
U, 0.0029 m/s Ly 224.6 mol/m>
€ 0.4 Lp 1116.4 mol/m?
€ 035 Ly 159.0 mol/m®
kg 5%107° m/s
kpa 0.15s71

simulate the reactor performance in different fluidization
regimes. The two likely regimes in three-phase fluidization
are the bubbling bed regime and the riser transport regime.
Since heat effects or catalyst deactivation effects are not con-
sidered in this example, the heuristics given earlier do not
suggest operating in the riser transport regime. The three-
phase bubbling bed model described earlier is used to simu-
late the bubbling bed reactor, while a plug-flow model con-
sidering the gas, liquid and solid to be separate phases is
used to represent the riser reactor.

For the bubbling bed reactor, a voidage of 0.55 and a height
to diameter ratio of 1 is chosen at minimum fluidization con-
ditions. A solids holdup of 0.4 is assumed in the expanded
bed. The gas and liquid flow rates, the particle size, and the
mass-transfer coefficients are the same as those for iteration
3 of the screening procedure. The hydrodynamic correlations
given in Table 4 are used to calculate other expanded bed
characteristics such as the bed height, the bubble and liquid
phase holdup, and so on. The results of the evaluation are
given in Table 13. The concentrations indicated in the table
are those of the reactor outlet. The yield of P is 0.744, at a
gas-phase conversion of 80%. The selectivity ratio is approxi-
mately 7.

A height to diameter ratio of 4 is chosen for the riser reac-
tor. The catalyst particle size is assumed to be 100 wm, while
a solids holdup of 0.05 is chosen, typical values for the regime
under consideration. The evaluation results are given in Table
14. The yield of P is estimated to be 0.74, slightly lower than
for the bubbling bed. The gas-phase conversion is 78%, while
the selectivity ratio is somewhat better at 8.46. Since the riser
regime does not offer any advantages in terms of an in-
creased yield, the three-phase bubbling bed reactor is se-
lected as the reactor of choice. The last step in the screening
step can involve preliminary optimization of the phase distri-
bution and transport attributes in the reactor. This is de-
scribed below.

Table 14. Results for a Three-Phase Riser Reactor

(Example 2)

H 1.72 m Yield of P 0.74
D, 0.43 m X 0.78

) 100 pm P/X 8.46
Us 0.275 m/s G, 8.79 mol/m?*
U, 0.0068 m/s Ly 259.5 mol/m?3
€ 0.05 Ly 1109.4 mol/m>
€ 0.55 Ly 131.1 mol/m?
ke 1x10~* m/s
kpa 0.15s71
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Table 15. Optimum Particle Size in a Three-Phase Bubbling
Bed Reactor (Example 2)

d, 475 um Yield of P 0.784
€ 0.4 P/X 6.35
kpa 0.18 m/s Xy 0.85
kg 0.001 m/s

ag 5052m~!

The catalyst particle diameter and the solid holdup have a
strong effect on the hydrodynamic, mass-, and heat-transfer
characteristics, and, hence, on the reactor conversion and se-
lectivity in a fluidized-bed reactor. The gas-liquid mass-trans-
fer resistance decreases with an increasing particle diameter
because of bubble breakage, while the intraparticle diffusion
resistance increases with particle diameter. Appropriate cor-
relations relating the solid-liquid and gas-liquid mass-transfer
coefficient to the particle diameter are used with the three-
phase bubbling bed model to identify the optimum catalyst
size for the reaction under consideration. The objective func-
tion to be maximized is the yield of P at the reactor outlet.
The optimum particle size is found to be 475 wm where the
yield of P is 0.784 (Table 15). Other operating conditions
such as temperature, pressure, feed rates, reactor aspect ra-
tio, and so on, may also be optimized, although that is not
illustrated here.

Example 3: scale-up of a single gas-solid catalytic reaction

Consider a single gas-phase reaction catalyzed by a solid
catalyst

kll

A——P

with k, being the first-order reaction rate constant based on
catalyst volume. The production reactor will be geometrically
similar to the bench-scale reactor, but m times larger, and
operated at the same temperature and pressure. For the con-
version to be maintained constant with a scale change, we
require that (Table 10)

NIN!
N+ N},

N*NE

= 14
NN (14)

Since the bench-scale reactor operates at the same reaction
conditions as the commercial scale reactor, N, will scale ac-
cording to the relationship given in Eq. 11. Then, let the
mass-transfer number N,, scale, not by the relationships given
in Egs. 12 and 13, but by a factor «, so as to satisfy Eq. 14.
Substituting these scaling relationships in Eq. 14, we get

N Vm
a=F— (15)
" )(r 1

This is the required variation in N,, to maintain a constant
gas conversion, and is a function of the scale ratio m and the
ratio of the mass transfer to the reaction number, that is,
N,,/N,, in the bench-scale reactor. If the bench reactor oper-
ates at different reaction conditions than the commercial re-
actor, N, will scale according to some expression other than
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Eq. 11, leading to a corresponding relationship for «, which
can be readily obtained in a similar manner.

One possible way to achieve the required variation in N,
is by suitably controlling the bubble size in the production
reactor. A scale-up to achieve a hydrodynamic similarity scales
the bubble diameter by a factor of m. However, let the varia-
tion in d,, required to achieve the required variation in N,,,,
be given by

d,
a ry (16)

Then, from Egs. 5, 9, 15, and 16, and making use of the ap-
propriate scaling relationships, we get

2/3

If <01, ry=m>|Vym + (17)

) -

41

If g>10, r,= Zﬂ(\/_+( )(\/_ Nl @18

Figures 6a, 6b, and 6¢ show the variation of r;,/m and «,
with the scale ratio m for three different values of (N,,/N,)*.
In Figure 6a, (N,,/N,)* = 0.1, which implies that the bench-
scale reactor operates in a mass-transfer limiting regime. «,
as given by Eq. 15, is plotted as a function of m, at the bot-
tom. This is the required variation in N,, to maintain the
same conversion in the production reactor. The shaded re-
gion in Figure 6 indicates an « higher than that specified by
Eq. 15, and will lead to a higher conversion, while that in the
unshaded region will lead to a lower conversion due to mass-
transfer limitations. In the upper graph, the r;/m =1 line in-
dicates scale-up to achieve hydrodynamic similarity. For g8 <
0.1, r,/m lies close to the line for hydrodynamic scale-up.
This implies that if the bubble-dense phase mass transfer in
the large-scale reactor is dominated by convection, a scale-up
to achieve hydrodynamic similarity will also be sufficient to
achieve similarity in reactor performance. On the other hand,
for B>10, r;/m decreases sharply as the scale ratio in-
creases. Thus, for processes where the bubble-dense phase
mass transfer in the large-scale reactor is dominated by diffu-
sion, the bubble size in the large reactor needs to be con-
trolled carefully, and has to be less than that achieved by
hydrodynamic similarity. Various means may be employed to
limit the bubble size to the required value. These include
using distributor plates with finer orifices (at the cost of an
increased pressure drop), or using horizontal baffles or other
internals such as heat transfer tubes across the reactor cross-
section.

Note that controlling the bubble diameter in this way does
not violate the original scale-up criteria of Eq. 1. Hydrody-
namic similarity is violated only to the extent that the bubble
and solids holdup in the reactor may not remain constant
when scaling up, and the bubble diameter scales up, not by
the scale ratio m, but by the new value r,,.

Figure 6b indicates that for a higher (N, /N,)*, where
mass transfer is not limiting as compared to the reaction,
the a required for maintaining conversion is lower. For con-
vection-limited mass transfer, the required (r,/m) is greater
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Figure 6. Required scale ratios for N,, and d, to maintain a constant conversion during scale-up of a single cat-

alytic reaction (Example 3).

than that achieved by hydrodynamic similarity, and bubbles
may be allowed to grow to a size bigger than that achieved by
hydrodynamic similarity. For diffusion limited mass transfer
in the commercial reactor, however, the bubble size has to be
limited to that prescribed by the lower (r,/m) line.

For (N,,,/N,)* =10, the overall reactor performance is lim-
ited by the reaction. As indicated by the o« curve in Figure
6¢, the required N, is only about 20% of Nj. The required
(r,/m) curves lie above the one for hydrodynamic similarity,
irrespective of whether convection or diffusion dominates the
bubble-dense phase mass transfer, except for very high scale
ratios. This implies that scale-up to achieve hydrodynamic
similarity will maintain (and even exceed) the conversion ob-
tained in the bench-scale reactor. Note that for multiple re-
actions, this does not imply that the product distribution in
the commercial reactor will be maintained as in the bench-
scale reactor.

Now consider a numerical example which illustrates the
above scale-up methodology. Consider the reaction shown
earlier, with a first-order rate constant of k,=2 s~!. The
bench-scale reactor is 15 cm in diameter, and operates at a
gas superficial velocity of U; = 0.104 m/s, giving a gas-phase
conversion of 76%. The various reactor attributes and ex-
panded bed characteristics are given in column 2 of Table 16.
Column 3 shows the reactor characteristics and the conver-
sion for a large-scale reactor, which is hydrodynamically simi-
lar to the bench-scale reactor, with the scale-up done accord-
ing to the relationships given in Eqgs. 1 to 4. The particle
diameter is adjusted so as to scale up the minimum fluidiza-
tion velocity U, by Vm , as prescribed in Eq. 3. The ex-
panded bed height H is determined by the hydrodynamic re-
lationships given in Table 2. The conversion in the commer-
cial-scale reactor (x,=35%) clearly falls well short of that
obtained at the bench scale. Figure 7 plots the reactor con-
version as a function of the dimensionless reactor height Z
for the bench-scale reactor (m =1) and for the commercial-
scale reactor with the bubble diameter being scaled to achieve
hydrodynamic similarity (m = 20; r, = 20), the second curve
being significantly below the first. To achieve similarity in the
reactor conversion, we proceed as follows. Since m = 20, and
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(N,,/N,) = 0.77, the required value of «, as given by Eq. 15
is 0.6. Thus, an N/, =1.62 will achieve a similarity in conver-
sion. This can be obtained at an r; of 9.8. Thus, the bubble
diameter in the commercial-scale reactor (D, =13 m) has to
be limited to a value of about 0.43 m. The reactor conversion
as a function of the bed height in Figure 7 then reproduces
the curve for the bench-scale reactor.

Example 4: scale-up of a parallel gas-solid catalytic reaction

Consider a parallel catalytic reaction scheme as shown

kv] P
A4
ka X

Table 16. Scale-Up of a Gas-Solid Catalytic Reaction
(Example 3)

m = 20 (Commercial Scale)

m=1 Hydrodynamic Matching
(Small Scale) Similarity Conversion
Reactor Geometry and Phase Flows

Dy (m) 0.15 3.13 3.13

H (m) 038 7.62 8.39

wt (kg) 4 32000 32000
Uns (m/5) 0.0031 0.0137 0.0137
U (m/s) 0.104 0.462 0.462
uy, (m/s) 0.56 253 2.50

Phase Distribution

d, (pm) 60 125 125

d: (m) 0.044 0.88 0.43

€, 0.17 0.17 0.25

€ 045 0.45 0.41

Transport Attributes
kpe (rn/s) 0.029 0.023 0.025
a(m™1) 24.1 1.21 3.52
Dimensionless No. and Reactor Performance

N, 333 149 14.9
N, 2.57 0.455 1.62

X4 0.76 0.35 0.76
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Figure 7. Reactor performance for Example 3 for scale-
up according to various criteria.

where k,; and k,, are the first-order rate constants based on
catalyst volume. The desired product is P, whereas X is the
undesired byproduct. For the simplified two-phase model, the
analytical expressions for the conversion of A, the yield of P
(defined as the amount of P produced divided by the amount
of A fed), and the selectivity to P (defined as the amount of
P produced divided by the amount of A reacted) are given in
Table 10. Here, N,; and N,, are the dimensionless reaction
numbers for the desired and the undesired reaction, respec-
tively. The performance index to be maintained constant dur-
ing scale-up is chosen to be the product yield yp.

If the bench-scale reactor operates at the same reaction
conditions as the commercial-scale reactor, N,; and N,, will
scale according to the relationship given in Eq. 11. The re-
quired variation in N,, in order to maintain a constant y, for
a scale ratio of m is then given by

N, Vm (1+1/r)

a=—— N
N_A) (\/E—l)

(19)

s

=
VM (1) +

Here, r|, is the ratio of the reaction numbers for the desired
and undesired reactions, that is N,,/N,,, or simply k,,/k,,.
Then, r,, the required ratio in which the bubble diameter
should scale in order to achieve the N/ given by the above
equation, is given by

N, \’ ”
Vm (1+1/r,) + N_m) (‘/Z_l)
_ o rl
If <01, ry=m (1+1/ry5)
20)
N s 4/7
m(1+1/r12)+‘/E(N_m) (Ym 1)
rl
If g>10, r,= (1+1/ry5)
@1

Figure 8 plots « as a function of the scale ratio m with
rip, and (N, /N.,)* as parameters. For a given ry,, a de-
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Figure 8. Required scale ratios for Nm to maintain a
constant product yield during scale-up of a
parallel catalytic reaction scheme (Example
4).

creases as (N,,/N,,)® increases, that is, as mass-transfer limi-
tations in the bench-scale reactor decrease. Similarly, for a
given (N,,/N,,)°, a decreases as ry, increases, that is, as the
desired reaction becomes faster relative to the undesired one.

Let us now consider a numerical example to illustrate the
scale-up for this reaction scheme. Consider a bench-scale re-
actor operating at N,; =10, N,, =1, and N,, = 5. The conver-
sion of A, as calculated from the expressions given in Table
10, is 96%, whereas the yield of P, yp, is 88% (Table 17).
The reactor is to be scaled up by a factor of 16. The new
reaction numbers are then N,; =40 and N,, =4. Since no
other information about the bench-scale reactor is assumed,
the value of B, that is, the relative extent of the diffusion vs.
the convection component in the bubble-dense phase mass-
transfer coefficient is unknown. Hence, we examine hydrody-
namic similarity under the two extreme cases of 8 < 0.1 and
B >10. For these two cases, N,, scales, as given by Eqgs. 12
and 13, respectively. The reactor performance under hydro-
dynamic similarity is tabulated in columns 3 and 4 of Table
17. It is seen that if convection dominates the mass-transfer
coefficient in the commercial-scale reactor, the conversion of
A, as well as the yield of P, increases over that observed in
the bench-scale reactor. If, however, the mass transfer in the
commercial-scale reactor is dominated by diffusion, the con-
version and yield fall well short of those observed on the
bench scale. To maintain reactor yield, the required value of

Table 17. Scale-Up of a Parallel Gas-Solid Catalytic
Reaction (Example 4)

m =16 (Commercial Scale)

Hydrodynamic Reaction
Similarity Similarity
m=1 If B<0.1 If B>10
(Bench Scale) a=1 a=0.125 a =0.745
N, 10 40 40 40
N,, 1 4 40 4
o 5 5 0.625 3.725
X 4 0.96 0.98 0.46 0.96
p 0.88 0.89 0.41 0.88
AIChE Journal



a can be obtained from Figure 8. For r,, =10, (N,,/N,,)* =
0.5, and m =16, we have a =0.74. This gives N,L=72. A
commercial-scale reactor operating under these conditions
maintains the yield of P at 88%.

The previous two examples illustrated how a modification
of the scale-up rules for hydrodynamic similarity can achieve
a similarity in the reactor performance as well. The next ex-
ample, which illustrates the screening as well as the scale-up
steps, uses a somewhat different scale-up strategy than what
was used for the previous two examples.

Example 5: oxidation of o-xylene to phthalic anhydride

Consider the highly exothermic catalytic oxidation of o-
xylene to phthalic anhydride. A simplified reaction scheme
for this reaction is given below (Froment, 1967)

+0 +0
A —El—> PTZ)X

N_)
30X

Here, A represents o-xylene, O is oxygen, P is phthalic an-
hydride, and X is the final oxidation products CO and CO,
lumped together. O-xylene is vaporized and mixed with air
before entering the reactor. Its concentration is kept below 1
mol. % in order to stay under the explosion limit. Because of
the large excess of oxygen, the rate expressions for all three
reactions can be considered to be of first order with respect
to the corresponding reactant. The rate constants as func-
tions of temperature, as well as the heats of reaction, are
given in Table 18a. The operating pressure is nearly atmo-
spheric. The feed temperature is 620 K. The contact times
are of the order of 1 s. As is clear from the reaction scheme,

the yield of P increases with the extent of reaction up to a
point, after which X is the major product. The objective is to
synthesize a gas-solid catalytic reactor to produce 500
tonnes/y of P, while maintaining a high selectivity to P.

Screening

Step 1: The ratio [amount of P formed]/{amount of X
formed] is chosen as the performance index.

Step 2: Generic model. A network of tanks in series is cho-
sen to model the reactions.

Step 3: Sensitivity model. The parameters of interest are
the gas-solid mass-transfer coefficient kgag, the particle di-
ameter d,, the reactor temperature 7, and the number of
tanks N in the model.

Step 4: Generate Base Case. A packed-bed reactor without
any heat removal mechanism (Figure 1i) is chosen as the base
case for this reaction. The base case parameters are summa-
rized in Table 18a. A gas-phase residence time of 1 s leads to
essentially complete conversion, and a very low selectivity to
P. This is because of the enormous temperature rise along
the reactor length, which favors the undesirable reactions
more than the desired reaction. The maximum selectivity ra-
tio of 0.88 in a packed-bed reactor is obtained with a resi-
dence time of 0.5 s.

Step 5: Screen Parameters. The results of the screening
procedure are shown in Table 18b. The performance index
P/X, and the reactor volume V, required to produce 500
tonnes/y of P, are shown in columns 2 and 3, respectively.
The parameters kgag, d,, and the highest temperature in the
reactor Ty, along with their sensitivity to the performance
index, are shown in the remaining columns. No diffusion lim-
itations are encountered inside the catalyst. The last column
identifies the corresponding reactor type for each iteration.

Table 18. (a) Base-Case Parameters for Example 5: Oxidation of 0-Xylene to Phthalic Anhydride;
(b) Sensitivity Analysis for Example 5

(a)
Fg 1 m¥s ky 4.2x105 ™ H12000RT (13 /kg . )
TG s k, 2.0%107 g™ MO0ORT (13/kg. )
& 0.4 ks 2Xx 109 ™ 130.000RT (13 /kg - 5)
€ 0.6 Feed Conditions
kg 1x1073 m/s G, 0.2 mol/m?
AH, —1.28 X108 J/mol Gy, Gp, Gy 0 mol/m3
AH, —4.5x10° J/mol Theed 620 K
AH, —1x10° J/mol " oolant 620 K
®) é‘s als) d,(pm) Thign (K) N
X
P/X V ¥ ¥ ¥ Corresponding reactor
(m?) (kgag) d,) () type
20 072 5,000 678 8 Packed reactor without
1 heat transfer
0.88 -1.14 -1.23 -14
25 072 5,000 621.3 8 Multitubular packed
2 i \L l bed immersed in salt
8.40 0.23 -0.35 -0.05 bath
133 12 200 631.3 1 Bubbling fluidized bed
3 \L ‘L \L with internal heat
11.86 0.02 —0.022 -9 transfer
1.7 18 100 622.3 8
4 Riser reactor
21 0.01 -0.01 -0.03
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For the adiabatic packed bed, even with a shorter contact
time, the temperature rise across the bed is unacceptable
(Thign = 678 K). W(T) is the dominant sensitivity, indicating
that heat removal should be the priority. Iteration 2 there-
fore considers a multitubular packed-bed reactor. 2,500 tubes,
each 1.4 m long and 3 cm in diameter, are arranged in a
shell-and-tube heat exchanger type construction. Circulating
molten salt at 620 K can be used outside the tubes to manage
the heat of reaction. A selectivity of 8.4 is obtained with a
gas-phase residence time of 1 s. The operation is essentially
isothermal (T, = 621.3 K). T(dp) is the dominant sensitiv-
ity, indicating that using a smaller diameter catalyst will im-
prove the selectivity. However, pressure drop considerations
do not allow the catalyst particle diameter to be reduced much
further. Here, we note that a fluidized mode of operation can
handle much smaller particle sizes, and also has better heat-
and mass-transfer characteristics. Iteration 3 therefore con-
siders the use of a bubbling fluidized reactor to carry out the
above reaction. The catalyst diameter is reduced to 200 pm,
and the phase distribution and transport parameters are
changed to typical values observed in fluidized beds. N, the
number of tanks in the reactor model, is changed to 1 to
reflect the extensive backmixing observed in bubbling flu-
idized beds. At the lower particle diameter, iteration 3 shows
an improved selectivity (P/X =11.86). The reactor volume
and the gas feed rate required are also lower than for the
earlier iterations. However, due to the limited heat-transfer
area available, there is still a significant temperature rise
(Tign = 631.3 K). If this is acceptable, the bubbling fluidized
bed is an attractive reactor choice. However, the dominant
temperature sensitivity (W(7) = —9) indicates that the selec-
tivity can be further improved by operating at a lower tem-
perature. Iteration 4 therefore considers operating the flu-
idized-bed reactor as a riser reactor. Here, a much higher
heat removal rate can be achieved by continuously removing
the hot catalyst particles from the reactor. The catalyst diam-
eter is decreased to 100 wm to facilitate particle carryover.
The temperature rise along the reactor length is therefore
lower (T, = 622.3 K). A high selectivity ratio of 21 is ob-
tained for such an operation. The short gas-phase residence
time of 1 s also makes this operation attractive.

Step 6: Identify Reactor Type. The above set of parameters
indicate a riser reactor (Figure 1vi) with a 30% solid holdups
and a high gas-solid mass-transfer coefficient. There is a con-
tinuous carryover of solids out of the reactor. The required
reactor volume and gas feed rate are intermediate to those
for the packed beds and the bubbling fluidized bed. If a 10
degree temperature rise across the reactor is acceptable, a
bubbling fluidized bed (Figure 1iii) may be used to carry out
the reaction (Iteration 3).

The two candidate reactors recommended by the screening
procedure are a bubbling fluidized bed, and a dense-phase
riser reactor. These are evaluated more carefully using spe-
cific models, described previously, for each candidate reactor
or operating flow regime. The two-phase bubbling bed model
is used to simulate the former, whereas a two-phase plug-flow
model is used to represent the riser reactor. For the bubbling
fluidized bed, the voidage and the height to diameter ratio at
minimum fluidization was chosen to be 0.55 and 5, respec-
tively. From the hydrodynamic relations for the two-phase
model given in Table 2, it is clear that a smaller catalyst di-
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Table 19. Results for a Turbulent Fluidized-Bed Reactor

(Example 5)

H 23m d, 0.46 m
Dy 1.08 m Kpe 0.051 m/s
Ug 1.29 m/s a 12.83m™!

p 400 um P/X 12.25
€ 0.31 Xy 0.51
€, 0.43 Gy 0.1 mol/m?®
€, 0.56 Gp 0.0924 mol/m?>
wt 372 kg/m? Gy 0.0076 mol/m?

637.4 K

ameter leads to a lower Umf and, hence, a lower gas-emul-
sion mass-transfer coefficient k,,, and requires a higher cata-
lyst loading (or a larger reactor) for the required production
of P. Note that the reactions are slow enough that a change
in catalyst size does not significantly affect the catalyst effec-
tiveness. Thus, for a catalyst diameter of 200 wm and a cor-
responding k,, of 0.019 m/s, the bubbling bed requires a
catalyst loading of 1,500 kg with an expanded bed volume of
48 m? for producing 500 tonnes/y of P. The selectivity ratio
is also low at 7.9. With a higher catalytic diameter of 400 um,
the gas-emulsion mass-transfer coefficient is higher (k,, =
0.019 m/s). The results for this simulation are shown in Table
19. A catalyst loading of 800 kg in a bed volume of 2.14 m> (a
catalyst density of 372 kg catalyst/m> reactor) can produce
the required throughput with a selectivity ratio of 12.25.
Comparing the phase holdups and the gas velocity to the typ-
ical values given in Table 7, it is seen that the bed operates in
the turbulent regime. With an internal heat-transfer area of
10 m? and a bed to surface heat-transfer coefficient of 800
W/m? K, the bed temperature is seen to be 637.4 K. Thus,
internal heat transfer is inadequate for achieving isothermal
operation. An alternate way to manage the heat of reaction is
to use a circulating solids system, such as a dense-phase riser
reactor.

Table 20 shows the simulation results for such a reactor,
with a height to diameter ratio of 10. The absence of a bub-
ble phase implies that we do not have to worry about deterio-
rating bubble-emulsion contact with decreasing particle size.
In fact, the gas-solid mass-transfer coefficient kg is expected
to increase with decreasing particle size, although such a cor-
relation was not explicitly incorporated into the model. A
value of 0.001 m/s was chosen for kg, which is typical for the
reactor conditions under consideration. The high heat capac-
ity of the circulating solids allows excellent heat transfer,
leading to almost isothermal operation (T}, =622 K). A
better gas solid contact and temperature control, and lower
backmixing than in the turbulent bed reactor leads to a higher

Table 20. Results for a Dense-Phase Riser Reactor

(Example 5)
H 6.73 m kg 0.001 m/s
Dy 0.67 m ag 12,000 m ™!
U; 337 m/s P/X 24.6
Us 0.14 m/s X4 0.55
d, 100 pm Gy 0.0906 mol/m?
€ 0.2 Gp 0.0974 mol/m?>
€; 0.8 Gy 0.0039 mol/m?
wt 240 kg/m?> Tout 6232 K
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selectivity (P/X = 24.6), using a lower catalyst density in the
bed (240 kg catalyst/m? reactor), at about the same level of
conversion of A. A dense-phase riser reactor is thus most
suitable for the reaction under consideration. The operating
conditions and the phase distribution in the reactor can be
optimized by incorporating correlations between the phase
distribution and transport parameters.

Scale-up. Once the reactor type and the desired flow regime
has been chosen, the commercial reactor may be designed by
scaling up from a bench-scale or pilot-plant reactor. Let us
focus on the bubbling fluidized bed with internal heat trans-
fer. The reactor is assumed to operate at the temperature of
637.4 K, close to that found in the screening step. The
bench-scale reactor is 11.6 cm in diameter, and operates with
a total catalyst loading of 0.8 kg, a gas superficial velocity of
0.093 m/s, and an o-xylene concentration of 0.2 mol/m? in
the feed gas, to give a gas-phase conversion of 71%, and a
92% selectivity to the desired product P. This is to be scaled
up to a commercial reactor producing 500 tonnes/yr of P,
while maintaining the selectivity at 92%. If the conversion
and selectivity are maintained at the values obtained in the
bench scale, the required production rate can be achieved by
scaling the reactor by a factor of 16.

The analytical expressions for the conversion of 4 and the
yield and selectivity of P, based on the simplified, two-phase
model described earlier, are given in Table 10. The scale-up
criteria to maintain a constant conversion of 4 can be ob-
tained as in Example 3, and is given by Eq. 15.

Let us examine the scale-up criteria for achieving a similar-
ity in the selectivity to P, sp. If the bench-scale reactor oper-
ates at the same reaction conditions as the commercial-scale
reactor, N,; and N,, will scale by vm . If N,, scales by the
ratio « in order to maintain a constant yp, the value of «
can be obtained by solving the following equation

N (N, =Ny, +N,3)
"p( (N + N (N, + N,y + N,y) ) B
N,(N,1+ N,3)
N, + N+ N, ) -

exp

@’Nym (N,y = Ny + N,3)
eXp( (aN,, +Vm N,;)(aN,, +Vm N,; +Vm N,y ) !
aN,Vm (N, + N,3)
eXP(_ aN,, +Vm N,, +Vm N, ) -

(22)

However, it can be shown that the above equation has no
solution for «, for values of m, N,,,, N3, N, and N5 of this
example. This implies that the yield cannot be maintained
constant as the reactor scale changes, if N, N and N3
scale by vVim .

One way to achieve a similarity in product yield is to oper-
ate the commercial-scale reactor at the same values of N,,
N,,, N,;, and N,,, as in the bench-scale reactor. Since all the
dimensionless numbers in the reactor model are held con-
stant, the product distribution in the commercial reactor is
expected to be equal to that obtained in the bench-scale re-
actor. The three reaction numbers may be held constant with
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a scale change by changing the reaction conditions so as to
suitably change the reaction rate constants, &, k,,, and k.
However, this may be difficult because the rate constants have
a different dependence on temperature. Another way is to
operate at a lower total catalyst loading than that recom-
mended by the scale-up criteria of Eq. 4, while still scaling
the reactor diameter by m. This reduces the expanded bed
height, and allows the N’ to be held constant. Let us con-
sider scaling up the phthalic anhydride reactor in this man-
ner.

A few important reactor attributes and bed characteristics
of the bench scale, as well as the commercial reactor are given
in column 2 of Table 21. The bench-scale reactor is to be
scaled up by a factor of 16. Columns 3, 4, and 5 of Table 21
show the reactor performances for reactors scaled up accord-
ing to three different criteria. Column 3 shows the reactor
characteristics for a commercial-scale reactor, which is hydro-
dynamically similar to the bench-scale reactor, with the scale-
up done according to the relationships given in Egs. 1 to 4.
The conversion in the commercial-scale reactor (x, = 56%),
as well as the selectivity to the product (sp =72%) fall well
short of those obtained at the bench scale. Figure 9 plots the
conversion of 4 and the selectivity to P, as a function of the
dimensionless reactor height Z. The solid lines indicate the
gas conversion, whereas the dashed lines indicate s, ob-
tained at different scales and for different scale-up criteria,
as indicated in the figure. The curves for m =1 indicate the
bench-scale reactor. Column 4 of Table 21 indicates a com-
mercial-scale reactor scaled up so as to maintain a constant
conversion of A. This is obtained at an « of 0.48, as given by
Eq. 15. The required bubble ratio is r, =12.2. The conver-
sion curve in Figure 10 for this case overlaps the conversion
curve for the bench-scale reactor. The selectivity curve how-
ever still lies well below the selectivity curve for the bench
scale reactor.

The conversion, as well as the selectivity, can be matched
by operating the commercial-scale reactor at the same values
of N, N,,, N, and N,, as the bench-scale reactor. To
achieve this, the reactor diameter is scaled by the same factor
used to achieve a similarity in conversion, but the total cata-
lyst loading is scaled by m¥2, rather than by m>. This main-
tains constant reaction numbers through the scale change. To
maintain a constant mass-transfer number as well, the bubble
diameter is scaled by a ratio r; =8. The bed characteristics
and the reactor performance for this case is shown in column
5 of Table 21. As can be seen, the conversion and product
selectivity are the same as those obtained at the bench scale.
The curves for x, and s, in Figure 9 for such a scale-up
reproduce the curves for the bench-scale reactor, as ex-
pected. Although scaling the bubble diameter by a ratio
smaller than the reactor scale ratio m may be impractical,
this approach illustrates the potential for maintaining reactor
performance, as well as the product distribution as the reac-
tor scale changes. The selectivity is expected to drop some-
what, in case the bubble diameters cannot be maintained at a
ratio of r, = 8.

Conclusions

After discovering a new reaction route or a novel catalyst
for a desirable chemical, the next task facing a reaction engi-
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Table 21. Scale-Up of 0-Xylene to Phthalic Anhydride Reaction (Example 5)

m =16 (Commercial Scale)

m=1 Hydrodynamic Matching Matching Selectivity
(Small Scale) Similarity Conversion and Conversion
Reactor Geometry and Catalyst Loading
Dy (m) 0.116 1.85 1.85 1.85
H (m) 0.145 2.33 242 0.80
U; (m/s) 0.093 0.372 0.372 0.372
wt (kg) 0.8 3276.8 3276.8 819.2
Phase Distribution
d, (um) 100 200 200 200
di (m) 0.021 0.336 0.257 0.08
Dimensionless Numbers and Reactor Performance

N, 2 8 8 2
N, 0.05 0.2 0.2 0.05
N, 0.075 0.3 0.3 0.075

- 3 0.907 1.45 3
Iy — 16 12.2 3.8
Xy 0.71 0.56 0.71 0.71
Sp 0.92 0.72 0.76 0.92

neer is to select the best reactor type and scale it up for com-
mercial production. Normally, little is known about the in-
trinsic kinetics, and there is much uncertainty about the
chemical and physical properties of the reaction system at
the early stage of reactor development. Once a reactor type
is selected, and time, effort and money has been spent on its
development, there is a great deal of disincentive to investi-
gate another reactor type. It is not surprising that reactor
selection is often delegated to the most experienced engineer
in the company. Yet, experience is no guarantee for success.
The problem is further compounded by the unrelenting pres-
sure to shorten the time-to-market. For these reasons, we
have been working on systematic methods to aid in reaction
system synthesis, focusing on extractive reaction (Samant and
Ng, 1998a,b,¢), reactive crystallization (Kelkar and Ng, 1999),
pre-polymerization (Samant and Ng, 1999a), reactions domi-
nated by micromixing (Samant and Ng, 1999b), and others.
This article presents such methods for fluidized catalytic
reactors, with the aim of facilitating the selection and scale-up
of this reactor type. In a step-by-step manner, the engineer is

— conversion|
- - - selectivity
e _______
N
AN
0.8 ~ . Tt ]
. m=1y/ X ~°°° = m=16;
0.6 . . [ matching only
XAs _matchmg selectmv'} N conversion
and conversios
sp 04 \ m=16;
- Hydrodynamic
0.2 similarity
0 A TR T R R
0 0.2 0.4 0.6 0.8 1

Figure 9. Reactor performance for Example 5 for scale-
up according to various criteria.
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guided by sensitivity analysis to identify the limiting step,
transport or otherwise, in the reaction system. And the reac-
tor type, as well as reactor attributes and operating condi-
tions, is selected to relax the limiting step(s) so as to realize
the full potential of the reaction.

Instead of sensitivity tests, the dominant mechanisms can
also be captured by identifying the dimensionless numbers in
the governing equations for hydrodynamics and reactions. It
is expected that similar reactor performance can be obtained
in scaling up the bench-scale reactor to the production reac-
tor by keeping these dimensionless numbers constant. Clearly,
the transport and reaction processes in a particular system
can be so complex that the governing equations may not offer
a sufficiently accurate description. In such cases, the recom-
mended scale-up criteria should only be used to provide di-
rections for further development.
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Notation

a =interfacial area of the bubble phase, m?*/m?
a;, =surface area for heat transfer per unit volume
of reactor, m%/m?
ag =solid surface area per unit volume of reactor,
m?/m?
A,B... =reactant species
Ar = Archimedes number
Ay =cross-sectional area of the bed, m?
C,, E = concentrations of species A, in the cloud phase
and the dense phase, respectively, mol/m?
d, =diameter of (spherical) catalyst particles, m
di =mean bubble diameter in the bed, m
D =effective diffusion coefficient, m?/s
Dy =bed diameter, m
fp» =fraction of gas flow carried by the bubble
phase
F;, F; =flow rate of gas and liquid phase through the
reactor, m%/s
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G4, L,, S, =concentrations of species A, in the gas
(bubble) phase, the liquid phase, and at the
catalyst surface, rrespectively, mol/m?

G,, E,=dimensionless bubble phase and dense phase
concentrations, respectively, mol/m?
Gy =solids flow rate, kg/m?s
H =expanded bed height, m
H,; = solubility coefficient for species i,
(mol/m*)y,,/mol/m*)yiquiq
A H;, =heat of reaction for the kth reaction, J/mol-K
ky.a,k,.a,k..a =bubble-dense phase, bubble-cloud phase, and
cloud-dense phase mass-transfer coefficient,
respectively, s~ !
k; =overall gas-liquid mass-transfer coefficient,
m/s
kg =solid-liquid mass-transfer coefficient, m/s
k,=reaction rate constant based on catalyst vol-
ume, s~ !
L =characteristic length scale of the reactor, m
m =scale ratio
n =Richardson Zaki index
N =total number of perfectly mixed tanks in series
in the generic reactor model
N, =dimensionless reaction number
P,Q =products of reaction
rq =required scale-up ratio for bubble diameter
sp =selectivity to desired product
u, =bubble rise velocity, m/s
U =overall heat-transfer coefficient, W/m?-K
U; =superficial gas velocity, m/s
U,y = minimum fluidization velocity, m/s
U, =particle terminal settling velocity, m/s
w =catalyst loading per unit volume of reactor,
kg/m?
wt =total catalyst loading in the reactor, kg
X 4,Xp =conversion of reactant 4 and B, respectively
X =undesirable product of reaction
yp =yield of desired product
z, Z =dimensional and dimensionless distance along
reactor height
a =required scale-up ratio for the mass-transfer
number N,
B =ratio of diffusion component to the convection
component in the mass-transfer coefficient
€, €, €; =solid, liquid and gas-phase holdup in the reac-
tor
€, €,, €., €, = volume fraction of the bubble, emulsion, cloud,
and wake phases in the fluidized-bed reactor
€55 €ogr Ecgs €45, = volume fraction of the bubble, emulsion, cloud,
and wake phases occupied by solids
€, ¢ =bed voidage at minimum fluidization
¢ =particle sphericity
o, Dy, Dy, P, =rate of consumption of species A4 in the reac-
tor, the bubble phase, the cloud phase, and
the dense phase, respectively, mol/m?-s
1 = catalyst effectiveness factor
M =viscosity, Pa-s
p =density, kg/m®
W( a;) =normalized sensitivity of the performance in-
dex to the parameter «;

Subscripts and superscripts

0 =pertaining to inlet (feed) conditions
b =bubble phase

¢ =cloud phase

e =emulsion phase

f =feed condition
G =gas phase

L =liquid phase
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mf =minimum fluidization
§ =solid phase
w =wake phase
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